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Abstract—Volumetric liquid-side interphase mass transfer coefficients were experimentally measured in
vertical channels supporting cocurrent, upward two-phase flows. Deionized water and an aqueous solution
of sucrose constituted the liquid phase, pure nitrogen was the gas phase, and oxygen was the transferred
species. In each test, oxygen concentrations in the liquid at two measurement stations near the two ends of
the test section were measured on-line. The channel entrance effects were eliminated by performing
hydrodynamically-identical tests with two different test section lengths, and using the shorter test section
results for quantification of entrance effects in the longer test section. The channel average gas holdups
representing developed flows were also measured using two simultaneous, quick-closing valves. The
obtained data were compared with predictions of several widely-referenced correlations, with significant
disagreements among the correlations, and between the correlations and the data. New empirical cor-
relations were developed based on the obtained data representing the fully-developed slug and churn flow
regimes. Copyright © 1996 Elsevier Science Ltd.

1. INTRODUCTION

Currently, the separated flow modeling is the most
widely-used approach for the analysis of multi-phase
flows, where the mixture is divided into a number of
fluids, each is represented by a separate set of con-
servation equations, while mass, momentum, and
energy exchanges among the fluids are quantified
using appropriate closure relations. The two-fluid
modeling technique is the basis of most major ther-
mal-hydraulic codes for nuclear reactor accident
analysis [1-4] and many recently-published mech-
anistic models [5--7]. Three-fluid models have also
been recently developed [8-13]. Multi-fluid modeling
requires detailed closure relations for interphase trans-
fer processes. For the latter, the interfacial surface
concentrations, and the associated transfer coefficients
are needed. The available models and correlations are
generally inadequate, however, and current com-
putational techniques for numerical solutions of
multi-fluid conservation equations are significantly
more advance than the state-of-art associated with
modeling of interphase transfer processes [14, 15]. The
need to improve these methods is now well recognized.

The objective of this investigation was to exper-
imentally measure the liquid-side interphase mass
transfer coefficient in cocurrent, upward two-phase
channel flows.

+ Author to whom correspondence should be addressed.

641

2. REVIEW OF PREVIOUS STUDIES

2.1. Experimental investigations

Interfacial heat transfer data dealing with bubbly,
slug and churn flow patterns are literally non-existent
due to the difficulty of experimental measurement.
Some mass transfer data at the gas-liquid interface
exist. Most of the previous studies attempted to mea-
sure the interfacial specific area by the imposition of
a fast chemical reaction in the liquid, and experimental
data addressing interphase mass transfer without
imposing a chemical reaction in the liquid are few.
Several important studies, which have led to the devel-
opment of correlations are listed in Table 1, and are
briefly explained below.

In the experiments of Heuss e al. [16], the results
were strongly affected by the entrance effects. Scott
and Hayduk [17] used a small adjustable probe for
extracting liquid samples at various depths in their
test section. In the experiments of Lamont and Scott
[18, 19] uniform sized spherical bubble streams were
produced in the test section with frequencies of 100
1500 min~!, They attributed the strong liquid-side
controlled mass transfer coefficients to the surface
renewal processes by turbulent eddies of sizes much
smaller than the bubble diameters, and proposed
a theory in which the motion of the eddies were
idealized, and were assumed to occur in regular, two-
dimensional (2D) cells. Jepsen [20] used two parallel
4.88 m long horizontal pipes connected together by a
U bend. The transfer rate of oxygen was determined
in his experiments by continuously withdrawing liquid
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a specific interphase area per unit
mixture volume [m™']

Cu. Henry’s coefficient [Nm ]

C,, C, dimensionless constants in Nicklin’s
correlation [equations (25) and

(26)]
d channel diameter [m]
D molecular mass diffusivity [m? s™']
Eu  Euler number = (AP/L)d/pU*
G mass flux [kgm~?s7']

g gravitational constant [m s~

ke liquid-side mass transfer coefficient
(ms™

L length [m]

r length of long test section [m]

L length of short test section [m]

M molecular mass [kg kmol™']

m mass fraction

n mass transfer rate per unit mixture
volume [kgm~—s™']

P pressure [Nm~?

Pe;  liquid-phase Peclet
number = Upgd/D;
0 volumetric flow rate [m® s~']
Re;  liquid Reynolds number = Uysd/v,.
r first-order reaction velocity constant
s~
s fractional rate of surface renewal [s ']
Sc;  liquid-phase Schmidt number = v /D,
Shy  liquid-side Sherwood number = k; d/D;

T temperature [K]

14 volume [m?]

Ve, Vi, volumes of the entrance and exit

segments of the test sections [m?]
volumes of the long and short test

sections, respectively {m’]

rise velocity of Taylor bubbles [m 5]

V/, VII

UB,oo

NOMENCLATURE

Uss gas superficial velocity (gas volumetric
flow rate divided by cross-sectional area)
[ms~]
Uy, homogeneous mixture velocity
= (pLUs +pc Ugs)/(pL(1 — ) + pgt)
fms™']

Uys  liquid superficial velocity (liquid
volumetric flow rate divided by
cross-sectional area) (ms™')

X mole fraction

z axial coordination [m].

Greek letters
o gas holdup
o thickness of stagnant fluid layer [m]

& rate of energy dissipation by
turbulence per unit volume [Wm ™3}
u dynamic viscosity [kg m~! s™']

ut relative viscosity of liquid

v kinematic viscosity [m*s~']

p density [kg m™3]

a surface tension [N m™']

T surface renewal characteristic
time [s].

Subscripts

bubble
friction

gas
homogeneous
liquid

oxygen
pressure
S-surface

S1, S2 measurement stations S1 and §2
TP  two-phase

W water.

QT

w oS

samples and determining their oxygen concentrations.
The measured k; a values showed good agreement with
the data of Scott and Hayduk [17] in low energy
dissipation range, and were about 10 times lower than
the data of Heuss et al. [16] at high energy dissipation
rates. The discrepancy was attributed by Jepsen to the
entrance effect in the experiments of Heuss et al.
Kasturi and Stepanek [22, 23] measured the inter-
facial surface area concentrations and the liquid- and
gas-side mass transfer coefficients. The measured a
and kpa values both monotonically increased with
increasing U, s. The dependence of @ and ki a on Ugg
was not monotonic, and both reached a maximum at
Ugs & 8 m s~!, In the experiments of Tomida et al.
[24), kL a reached a maximum value when Ugs ~ 4 m
s~! at the lowest liquid velocity (Upg = 0.13 m s™),

but monotonically increased with gas velocity at
higher liquid velocities (U s > 0.35m s™").

Many investigators measured and/or correlated the
specific interfacial area. Techniques for measurement
of specific interfacial area include : photography ; pro-
ton attenuation; ultrasonic methods; and most
importantly electric probes [25-31], and absorption—
desorption techniques {20, 22-24, 32-43]. Theses
investigations thus far have not led to generally valid
models or correlations.

In summary, the existing experimental data have
the following shortcomings. (1) They are limited, and
are in disagreement with each other. (2) The entrance
effect has not been adequately eliminated or quantified
in most of them. (3) Most of the data were obtained by
using various sampling techniques. Errors can occur
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because the sample gas can contain small droplets and
the sample liquid can contain small bubbles. During
the period the phases are allowed to separate in the
sample, furthermore, mass transfer between the two
phases continues, leading to uncontrolled errors.

2.2. Models and correlations

Models addressing interphase mass flux are many,
and include the classical film model [44], penetration
theory [45], and surface renewal theory [46]. Each of
these models requires that a characteristic quantity,
which mainly depends on the hydrodynamics (6,  and
s, respectively) be specified. According to Danck-
werts’s model, when mass transfer is from gas to
liquid and a very fast first-order chemical reaction
between the transferred species and the liquid solution
takes place, k. is independent of s, and can be found
from

ky = /Dyr. 1)

Consequently, in an experiment where the overall
volumetric mass transfer rate is measured, the effective
interfacial surface area concentration for mass trans-
fer can be calculated. This approach has been applied
by many investigators [22-34, 39-43].

Other widely-used modeling approaches include the
introduction of an eddy diffusivity coefficient to
account for the turbulent convective effects [47], and
the idealization of turbulent eddy characteristics [19,
48-50]. Except for ref. [47], all of these models, in
agreement to Levich’s theory [51], predict:

K, o« /Dy. )]

Application of any of the above models evidently
requires that the specific interfacial area and the
details of turbulence in the liquid be known. A number
of investigators have derived empirical and semi-ana-
lytical correlations. Several of these important inves-
tigations are reviewed below. The experiments were
described in the previous section.

Heuss et al. [16] suggested :

Shy = 0.0316Re*?0=3° (Re = Uyd/vy). (3)

Scott and Hayduk [17] correlated their data accord-

ing to:

U 0.774
Kia = 0.00688U (-ﬁ?%:)
G S

0.511,,0.088 y30.390
% 4 w Dy @
dl,88 °

In the above expression, velocities are in ft s™!,
surface tension in dyn cm™', viscosity in centipoise,
diameter in cm, diffusion coefficient in (cm?s~') x 10,
and kjaisins™".

Jepsen [20] correlated his data according to:
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KLa — 3.4780.4H0L.056045Dg.5d—0.68

(¢ <0.05atms ') (5)

kLa = 18.7580.79HE’.0500.05D%5
(e >0.05atms™") (6)
. (

dpP
i )TP,F(UGS + Uss) U]

(..

is the two-phase flow frictional pressure gradient. The
variables in the above equations have the same units
as those in equation (4), and & should be in atm s~'.

Kasturi and Stepanek [22, 23] correlated k; and a
separately. Their correlation for a is [22] :

OLa dp )1.07 ®
TP,F

= O.226< P
where Q,a is in cm* s~', and the frictional pressure
gradient is in Nm~2, Evidently the above correlation is
specific to their experimental apparatus. They utilized
equation (8) for their tests, and derived the following
correlation for k,, based on the analogy between
momentum and mass transfer [23]:

where

dap
dz

1

Shy = 0.258¢* Pey Eu;, )

where Eu, is defined as

(

A correlation by Tomida et al. [24], also based on
mass and momentum transfer analogy, is:

Shy (ad)
Euy Sci’ Rep (p /uw) o

dpP
dz

> d/pLUI:)_S'
TP,F

= 7x 10~* Ref +0.0035

(Re, < 1500) (10)
Shy (ad) _
05 =10 “Re.
Eu Sci” Rey (u/pw) o
(Re. > 1500) (11)
where now
d P
dz| /) dz| /)

representing the total pressure gradient. Tomida et al.
[40] subsequently performed mass transfer exper-
iments by absorbing oxygen into sodium sulphite sotu-
tions, and measuring the parameter a. They applied
hypothermic syringes for sampling. Combining the
latter data with the aforementioned correlations for
kya [equations (10) and (11)], Tomida et al. [40] also
derived independent correlations for k.
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Fig. 1. Schematic of the test facility.

3. EXPERIMENTS

3.1. Test facility

Figure 1 is a schematic of the test facility. The major
components include the main water tank (TK1), the
nitrogen tank (TK2), the oxygen tank (TK3), the
mixer, the water pump, the debubbler, and the test
section. All the depicted valves except those used on
flow meters were PVC ball valves, and all piping con-
nections were made of PVC or Plexiglas. Needle valves
were used for adjusting liquid and gas flow rates.
Nitrogen flow is adjusted by valve V2 before entering
the mixer. From the mixer, the gas-liquid mixture
flows through the tube segment L1 (38.1 cm long and
5.08 ¢cm i.d.) before reaching the measurement station
S1. Tank TK1 is made of transparent plexiglas sheets
and is 0.68 mx0.70 mx 1.22 m in dimension. It is

provided with a stirrer, a thermometer, a dissolved
oxygen probe and a gas sparger. The oxygen con-
centration of the liquid inside the tank can be adjusted
by sparging either nitrogen to deoxygenate the liquid,
or oxygen to raise its oxygen concentration.

The test sections are transparent vertical tubes,
made of plexiglas. Two different tubes, 1.9 cm and
5.08 cm i.d., are used. The test sections also have two
different lengths, 3.31 m and 1.54 m. Hydro-
dynamically identical tests (i.e. tests with identical
inlet gas and liquid flow rates) are performed with
these two test section lengths, and the results of shorter
test section are used to quantify the entrance effects
in the longer test sections. Valve V9 and V10 are
normally-open quick-action solenoid valves, 1.9 m
apart, and are used for measuring the average gas
holdup in the developed flow segment of longer test
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SECTION A-A
Fig. 2. Configuration of ion-selective electrodes in measure-
ment station S1 (all dimensions are in mm).

section. When power is turned on via a common
switch, the solenoid valves quickly and simultaneously
cut off the flow.

Measurement stations S1 and S2 are each a com-
bination of a converging and diverging cone with 90°
apex angle, as depicted in Fig. 2. They were con-
structed by machining Plexiglas blocks. Details of the
machined block are shown in Fig. 2 for one station
(Station S1 with smaller test section) only. Others
were similar. An ion-selective electrode (1.2 cm dia-
meter) for on line reading of oxygen concentration in
water is installed in each sampling station. The elec-
trode tips are located on the channel axis. The probes’
tips are equipped with membranes sensitive to oxygen,
and it is crucial to prevent bubbles from adhering to
these membranes. With the designs depicted in Fig.
2, bubble-membrane attachment was not observed
during experiments. The relatively large size of the
probes, and the vigorous mixing observations in the
measurement stations support the assumption that the
probes measured the averaged oxygen concentrations.
Back mixing, in particular in tests with very low liquid
superficial velocities, occurred in the measurement
stations. Since only time-averaged oxygen con-
centrations are measured (see Section 3.3), back mix-
ing of liquids poses no problem. It is also conceivable
that some microbubbles may collide and contact with
the oxygen probes due to back mixing, However, the
method used for eliminating the test section end

D. LUO and S. M. GHIAASIAAN

effects, to be described later, effectively eliminates the
influence of these microbubbles.

The mixer is a vertical cylinder 12.7 cm in diameter
and 15 cm in height. Gas is injected into the mixer
through two mutually perpendicular porous cylinders,
each 2 cm in diameter and 12.7 long, with 0.8 mm
pore size. The debubbler is a horizontal vessel 1.19 m
long, 0.32 m wide and 0.46 m high. The long residence
time of the mixture in this vessel provides for phase
separation, whereby the gas is discarded to the ambi-
ent, and water returns to the main water tank.

3.2. Instrumentation and data acquisition

Figure 1 also depicts the major measurement instru-
ments. The dissolved oxygen probes are model
97-08 oxygen electrodes made by Orion Research, Inc.
(Boston, MA). Together with the data acquisition
system, they provide on-line dissolved concentration
measurements. The measurement range is from 0 to 14
ppm and the accuracy is 0.05 ppm or 2%, whichever is
greater, between 15 and 35°C, with the temperature
of the air (used for calibration) within 10°C of the
sample temperature. The response time is 96%
response in less than 30 s between oxygen free and
air-saturated water at 22°C. The oxygen probes were
calibrated once every hour of exposure, in water satu-
rated with air. The oxygen concentration in this water
sample was measured by a YSI Model 50B (YSI Inc.,
Yellow Springs, OH) dissolved oxygen meter. The
accuracy of the meter is 0.7%. The meter itself was
calibrated in water saturated with air, according to
the calibration table provided by the aforementioned
manufacturer.

The present transducers (Model SA, Data Instru-
ments Inc., Acton, MD) measured the absolute pres-
sures in the 0690 kPa range, and the accuracy of
measurement is 1% span from best fit straight line.
The water flow rate was measured by block-type
flowmeters (King Instrument Company, Huntington
Beach, CA). The gas flow rates were measured using
a flowmeter system composed of a frame with flow
adjusting valves and flow tubes (Cole-Palmer Flow-
meter Component System). The viscosity of the
sucrose solution was measured by using the Cannon-
Fenske Routine Viscometer provided by Fisher Scien-
tific. The precision of the viscometer is 0.2%. The
viscometer was cleaned by acid, distilled water and
acetone before every measurement. All these instru-
ments were calibrated during the experiments, as
detailed in ref. [S5}.

3.3. Experimental procedures
The procedure for mass transfer experiments
includes the following steps:

(1) Adjustment of the liquid properties and oxygen
concentration in the main water tank TK1. The oxy-
gen concentration in the tank was maintained higher
than 6 ppm by sparging oxygen through it, in order
to avoid excessive experimental uncertainties.
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(2) Calibration of instruments. The oxygen probe
and pressure transducers were calibrated before each
test series representing a constant liquid flow rate
while gas flow rate was changed (14 data points, taken
in about 45 min).

(3) Establishment of desired two-phase flow. This
was done by first adjusting the water flow rate in the
test section, and then introducing nitrogen into the
mixer.

(4) Variation of flow rates. The gas flow rate was
systematically varied while maintaining the liquid flow
rate constant.

During each data recording, the signals from the
oxygen probes were collected ten times, approximately
at one second intervals, and averaged. The measured
oxygen concentrations were thus ensemble-averaged
quantities, and due to the large number of measure-
ments are assumed to represent time-averaged quan-
tities. For converience, the gas hold-up tests were
performed in separate purely hydrodynamic exper-
iments, without mass transfer. These tests, however,
duplicated the hydrodynamic conditions of the mass
transfer experiments. Each experiment was repeated
three times in order to examine repeatability.

3.3.1. Properties. The solubility and molecular
diffusivity of oxygen in water are easily available [52].
Important properties of sucrose solutions have been
studied by Hikita et al. [53], who measured the den-
sities and dynamic viscosities of aqueous sucrose solu-
tions, as functions of temperature and sucrose con-
centration. They also determined the diffusivities of
oxygen in aqueous sucrose solutions by measuring the
rates of absorption of oxygen in a wetted-wall column.
They derived the following simple relation, which pre-
dicted their data, in the 0 < uf < 30 and 1443°C
range, with an average deviation of only 4.2%.

DL__<uL>‘“’
Dy Uw '
The sucrose solution concentration used in this
study was constant, at 25% by weight (25 g of sucrose
added to 75 g of water). The mixture density was 1119
kg m~3 everywhere, which was directly measured. The
viscosity of the sucrose solution, as a function of tem-
perature was also measured, and ujf was about 2.55 in
all tests. In view of equation (12), Sc; was approxi-
mately four times larger in the sucrose solution than
in pure water. Dissolved sucrose has a very small effect
on water surface tension [54]. Using a tensiometer,
the surface tension of 25% sucrose solution was mea-
sured in this study, and compared with the surface
tension of pure waiter with negligible difference.
3.3.2. Data analysis. The mass transfer data are
analysed assuming: (1) the liquid is well mixed at any
location along the test section; (2) the mass transfer
process is liquid-side controlled, and the gas-phase
mass transfer resistance can be neglected and (3) the
effects of measurement stations S1 and S2 can be

(12)
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lumped into an effective, volume-averaged &, a for the
test section. Although according to the last assump-
tion mass transfer in measurement stations is included
in the defined k;a values, the method used for elimin-
ating the channel end effects, to be described below,
effectively removes the impact of this assumption. Due
to the small solubility of oxygen in water, U and
Ugs remain approximately constant and the liquid-
and gas-side oxygen species conservation can be repre-
sented as:

pLULS%moz,L = —Hp, (13)
PcUss a;moz,c; = No, (14
where
Ho, = (kpa) (mo, L —mo,u)pL (15)
Xo,uMo,
"0 = Xo,uMo, + (10— Xo,) My
Mo,
& on’“ﬁﬂ; (16)
PXo,a
Opu = Croo, a7
PL ULS(mOZ.L|SI —mo, )M
on,s = on,G|s1 (18)

pPcUssMo,

In equation (17), P is the local pressure, which is
found from

P|sz_P|s1 z

For each data point, a value for k;a was assumed,
and equations (13) and (14) were integrated along the
test section using measured values of my,; and P at
measurement station S1 as the initial conditions. Iter-
ative integrations, using k a as the parameter, were
repeated until the calculated value of mg; at S2 mat-
ched the measured value. Once the &k a values for the
long test section (L” = 3.31 m) and short test section
(L” = 1.54 m) were obtained for identical flow par-
ameters, the fully-developed & a values without the
effect of test section entrance and exit were calculated.
To derive the necessary relation for this purpose, the
following assumptions are made: (1) the shorter test
section is sufficiently long to represent both entrance
and exit effects of the longer test section ; and (2) the
two phase flow regime in the shorter test section is
identical to the flow regime in the entrance and exit
segments of the longer channel. The time and volume-
averaged volumetric mass transfer coefficients for the
long and short channels are accordingly defined as:

(kLa) AL = f

VEI

P =P+ 1%

kLadV+f kpadV

Viz

+ J kadV  (20)
V' = (Vg +Vg)
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(kra)AL" = J keadV

VEI

kLadV+J

VEZ

+J keadV., (1)
V'~ (Vg1 +VE2)

Note that in writing the above two equations no
assumptions other than the aforementioned assump-
tions 1 and 2 have been made. The total time-averaged
volumetric mass transfer coefficient in the developed
segment of the long channel can now be obtained by
subtracting equation (21) from equation (20), and
since the developed channel segment is cylindrical,
there results:

_ (ke L'+ (kea) L”
- LI - L/' -

kya 22)

A necessary precaution in mass transfer exper-
iments similar to this investigation is to avoid equi-
librium in the test section. Neglecting the accumu-
lation of oxygen in the gas phase, the oxygen mass
fraction in the liquid leaving the longer test section

can be found from
(kLa)L'L/jl
X —_——].
P [ Uss

In the experiments, typically

mOZ,L(L/)
b

Mo, L

(23)

(kLa) L’
——<2
Uis

and the maximum value was about 3.2.

3.4. Uncertainties

Experimental uncertainties for the fully-developed
kpa values due to random measurement errors were
calculated assuming that the accuracy of each mea-
sured kya value was affected by the accuracy of the
oxygen probes, flow meters, pressure transducers, and
temperature measurements. The accuracy of the fully-
developed k_a values is also affected by the data scat-
ter representing measured k a values for the long and
short test sections. Details of the uncertainty analysis
can be found in Luo [55].

4. EXPERIMENTAL RESULTS

4.1. Flow regimes and gas hold-up

The experiments covered the following superficial
gas and liquid velocity ranges. For the 1.9 cm inner
diameter test section, 0.1 ms™! € U;s < 1.5ms ' and
0.l ms™' € Ugs < 7.5 m s~ were used. For the 5.08
cm inner diameter test section, due to the limited
capacity of the gas injection system, the flow ranges
were 0.1 m s7'< U;5<0.75 m s~ and 0.012 m
7' < Ugs<095ms™ L

D.LUO and S. M. GHIAASIAAN

Figure 3(a) depicts the observed flow regimes in the
1.9 cm diameter test section with deionized water,
where they are compared with predictions of the flow
regime models of Taitel ez al. [21]. Flow regimes with

(a)
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Fig. 3. Comparison between the experimental flow regimes

and the Taitel et al. [21] flow regime models. (a) d=1.9

cm, deionized water; (b) 4 = 5.08 cm, deionized water; (c)
d = 5.08 cm, sucrose solution.
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Fig. 4. Channel average gas hold-ups. (a) d = 1.9 cm, deionized water; (b) 4 = 1.9 cm, sucrose solution ;
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sucrose solution were very similar to Fig. 3(a). Bubbly
flow does not occur in channels with d < 5 cm with
air and water and the sucrose solution [21]. As noted,
the data points are mostly in the slug and churn flow
regions. Also, as noted, there is a relatively poor agree-
ment between the data and the flow regime model of
Taitel ez al. [21] with respect to the border between
slug and churn flow patterns. The flow regimes
observed in the 5.08 cm i.d. test sections are displayed
in Figs. 3(b) and 3(c), and include data in the bubbly
flow regime.

Figures 4(a)—(d) depict the measured channel aver-
age gas holdups (in situ volume fraction of gas). An
empirical correlation for gas holdup, suitable for the
slug flow regime in vertical channels, was proposed by
Nicklin et al. [56], and has been found to well-predict
cocurrent flow [57, 58], as well as countercurrent flow
data [59]:

w= Uss
C(Ugs+Ups) + Ug

4

where

C, =12 25)
U = Cr/9d. (26)

According to Martin [60], furthermore,
C, =0.35. @27

Predictions of Nicklin et al’s correlation, along
with the above constants, are compared with our
experimental data in Figs. 4(a)—(d). The correlation
reasonably agrees with the data in both slug and churn
flow regimes.

4.2. Mass transfer

Typical experimentally-measured k;a data, ob-
tained in tests with the 1.9 cm diameter test sections
with deionized water, are shown in Figs. 5(a)~(c). In
each figure, the values of k; a for the short test section
(L" = 1.54 m), the long test section (L’ = 3.31 m),
and the developed flow obtained from equation (22)
are all shown. In addition, the visually observed flow
regimes are specified in the figures. Typical exper-
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imental uncertainty bands are also provided for the
developed flow data.

As noted, for both short and long test sections the
ki a values are considerably higher than those for the
developed flow. Entrance effects were significant in all

tests. These figures also show that k; a monotonically
increases as the liquid superficial velocity, U, is
increased. The dependence of ki a and Ugs is com-
plicated and is influenced by the two-phase flow
regime. Generally, at low Ugs where the flow regime
is predominantly slug and the gas hold-up is sensitive
to, and increases with increasing Ugg, the interfacial
surface area, a, and possibly k;, increase with increas-
ing Ugs. At high Ugs, representing the high gas holdup
churn regime, increasing Ugg may result in a reduction
in the interfacial surface concentration, a, leading to
a slightly downward trend in the k, a vs Ugs data. This
downward trend was observed in most of the tests
with the 1.9 cm i.d. test section, and appeared to be a
characteristic of the churn flow regime, as the churn-
to-annular regime transition is approached.

Figures 6(a) and (b) depict typical kia data
obtained with the 5.08 c¢m i.d. test sections, with
sucrose solution, and confirm the significance of chan-
nel entrance effects. The 5.08 cm i.d. test section can
support the bubbly flow regime [21], where due to the
small gas hold-ups the measured k;a values are very
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Fig. 6. Liquid-side volumetric mass transfer coefficients in
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small. The overall data trends are also similar, and
indicate monotonically increasing k;a with Us. The
data with 5.08 cm i.d. test sections, however, mostly
indicate monotonically increasing k;a with Ugg and
due to low gas superficial velocities the flow regime
representing transition between churn and annular-
dispersed regimes was not approached.

Figures 7 and 8 summarize the effects of Ugs and
Uy on the fully-developed &, a data. When compared
to each other, furthermore, these figures represent
various other parametric effects. As noted, k@ mono-
tonically increases as U, is increased. It also mono-
tonically increases with increasing Ugs in the bubbly,
slug and part of the churn regimes, reaches a
maximum in the latter flow regime, and slightly
decreases as Ugg is increased in the range of Uggs where
the transition from the churn to annular-dispersed
flow patterns is approached. This downward trend
can be observed in Figs. 7 and 8.
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between Figs. 8(a) and (b), reveals the effect of Sc;
on the interphase mass transfer. (Note that
2040 < S¢,. € 2560 for sucrose solutions, and
430 < Sc¢;. < 540 for water in the tests. These vari-
ations were due to variations in laboratory tempera-
ture. Thus Sc, is approximately four times larger for
sucrose solution.) For the 1.9 ¢cm i.d. test section, for
Ugs < 0.3 m s~} representing the predominantly slug
flow regime data, lower k; a values were obtained with
the sucrose solution. In the churn flow regime, where
Ugs > 0.3 m s™!, tests with sucrose solution resulted
in higher &, a values, except for the tests with U; g = 0.1
m s~!, where the trend was opposite. For the 5.08
cm i.d. test section the sucrose solution consistently
provided lower &k a values.

4.3. Correlation of the data and comparison with pre-
vious correlations

The data obtained represent 238 fully developed
flow data points, covering bubbly, slug and churn flow
regimes. Out of these, 25 points represent bubbly or

D. LUO and S. M. GHIAASIAAN

dispersed bubbly regimes. Since the mass transfer data
trends are flow regime-dependent, separate empirical
correlations should be developed for each flow regime.
An effort was thus made to develop separate empirical
correlations for the slug and churn flow patterns.
Development of correlations for the bubbly and the
dispersed bubbly flow regimes was not feasible due to
the small number of these data points.

As discussed earlier, theory and previous exper-
imental data indicate that k; oc ./ Dy, irrespective of
the flow regime. The effect of mass diffusivity in the
correlations is thus included according to the afore-
mentioned relation. Other flow and property par-
ameters were included in relevant dimensionless num-
bers. Analysis of the data led to the following
correlations. For slug flow:

Shyad = 3.16 x 107 Sc05 (u) >

x Eul** Re{® a8 Ref™.  (28)
For churn flow:
Shyad = 3.86 x 1074Sc?-> (u¥) -8
x Eul*° Rel®® a' ¥ Rer 2 (29)

where Eu; = |dP/dz|1p(pLUfs) ™', and is defined
based on the total pressure gradient {24]. These cor-
relations are based on the entire 213 relevant, fully-
developed data points representing slug and churn-
turbulent flow regimes obtained in this study, and
represent the following ranges of parameters :

Deionized water: liquid superficial velocity: 0.10-
1.49 m s™'; gas superficial velocity : 0.012-7.5m s™};
liquid Reynolds number : 218044 000 ; gas Reynolds
number : 40-8000 ; liquid-side Schmidt number : 430
540 ; channel averaged gas holdup: 0.043-0.83.

Sucrose solution : liquid superficial velocity : 0.10-
1.49 m s™'; gas superficial velocity : 0.012-7.5ms™";
liquid Reynolds number : 85012 800 ; gas Reynolds
number: 40-8000; liquid-side Schmidt number:

2040-2560 ; channel average gas holdup: 0.077-0.82.

Figure 9 compares the predictions of the above
correlations with the experimental data. The cor-
relation predicts the data, with a standard deviation
of 25.2%.

Typical comparisons among the data and cor-
relations obtained in this study, and previous cor-
relations, are provided in Figs. 10(a) and (b) and 11(a)
and (b). The sharp changes in the predictions of the
present correlation are due to the change in the flow
regimes, from slug to churn. In each figure only those
correlations whose ranges of validity have an overlap
with the depicted data are shown. The correlations of
Jepsen [20], and Scott and Hayduk [17], which are
based on data obtained in horizontal channels, are
applied only where the mixture velocity is at least an
order of magnitude larger than typical bubble rise
velocities. The empirical correlations of Heuss [16]
and Kasturi and Stepanek [22, 23] are not depicted,
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since they are in terms of k;, and their application
would require a separate correlation for the interphase
surface area concentration. The correlation of Scott
and Hayduk [17] underpredicts the data by an order
of magnitude and, in disagreement with the data, sug-
gests a negligible effect of liquid viscosity on kya. The
correlations of Tomida et al. [24], on the other hand,
systematically overpredict the data, typically by a fac-
tor of 2-4. Jepsen’s correlation [20] is in fair agreement
with the data at very high Ugs values, with respect to
the predicted magnitudes of &, a. However, the latter
correlation also underpredicts the data at lower gas
superficial velocities, and predicts that k;a mono-
tonically, and strongly, increases with increasing Ugs,
in disagreement with the data. Evidently none of these
correlations agree with the present experimental data.

5. CONCLUDING REMARKS

The liquid-side mass transfer in cocurrent, upward
vertical channel flows was experimentally studied.
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Channels with 1.9 cm and 5.08 cm i.d. were used. In
the experiments, all of which were performed at
room temperature and at near-atmospheric pressure,
the overall volumetric liquid-side mass transfer
coefficients at the gas—liquid interphase, were exper-
imentally measured. Water and 25% weight aqueous
solution of sucrose (25 g sucrose dissolved in 75 g
water) constituted the liquid phase, nitrogen was the
gas phase, oxygen was the transferred species. Using
dissolved oxygen probes, the oxygen mass fractions in
the liquid at two stations near the two ends of the test
sections were measured on line in the experiments,
thus eliminating the possibility of systematic errors
associated with the commonly-applied sampling tech-
niques. The channel entrance effects were eliminated
by performing hydrodynamically-identical tests (i.e.
tests with the same liquid and gas flow rates) with two
different test section lengths, 1.54 m and 3.31 m, and
using the shorter test section results to quantify the
entrance effects in the longer test section.

The data were compared with the previously-pub-
lished correlations, generally with poor agreement
between the data and each one of the correlations,
and among the correlations themselves. These cor-
relations, and the experimental data on which they
are based, appear to bear the effects of systematic
errors, due to channel entrance effects, and more
importantly, due to errors associated with sampling
techniques which were generally used in the exper-
iments. New empirical correlations were developed
separately for slug and churn regimes, which predict
the volumetric mass transfer coefficient data with a
standard deviation of 25.2%.
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